In this paper, a hydrothermal carbonization (HTC) process is designed and modeled on the basis of experimental data previously obtained for two representative organic waste materials: off-specification compost and grape marc. The process accounts for all the steps and equipment necessary to convert raw moist biomass into dry and pelletized hydrochar. By means of mass and thermal balances and based on common equations specific to the various equipment, thermal energy and power consumption were calculated at variable process conditions: HTC reactor temperature T: 180, 220, 250 • C; reaction time θ: 1, 3, 8 h. When operating the HTC plant with grape marc (65% moisture content) at optimized process conditions (T = 220 • C; θ = 1 h; dry biomass to water ratio = 0.19), thermal energy and power consumption were equal to 1170 kWh and 160 kWh per ton of hydrochar produced, respectively. Correspondingly, plant efficiency was 78%. In addition, the techno-economical aspects of the HTC process were analyzed in detail, considering both investment and production costs. The production cost of pelletized hydrochar and its break-even point were determined to be 157 €/ton and 200 €/ton, respectively. Such values make the use of hydrochar as a CO 2 neutral biofuel attractive.
Introduction
Hydrothermal carbonization (HTC) is an induced coalification process that converts raw biomass into a coal-like product, called hydrochar, characterized by high carbon content and high calorific value. This type of thermo-chemical conversion, also referred to as wet pyrolysis (or wet torrefaction), can be applied to a variety of non-traditional sources such as the organic fraction of municipal solid waste, wet agricultural residues, sewage sludge, algae and aquaculture residues [1] [2] [3] [4] . Indeed, unlike traditional dry pyrolysis [5, 6] , the HTC process allows for the treatment of substrates with elevated moisture content, up to 75%-90%, without requiring a drying pre-treatment step [4] .
The HTC process is performed in high-pressure vessels by applying relatively high temperature (generally in the range 180-250 • C) and pressure (approximately 10-50 bar) to biomass in liquid water for a few hours (0.5-8 h) in the absence of air.
During HTC, the biomass undergoes dehydration, decarboxylation and decarbonylation reactions: the biomass is converted into a carbon-densified product, hydrochar, which can be used for many applications. Hydrochar can be used as fuel [7, 8] in existing coal-handling infrastructure and it is therefore very attractive for co-firing [9] . Hydrochar was proposed as a feedstock for supercritical water gasification in a scenario where small HTC plants, placed in the production location of the residual biomass, feed a centralized high-tech gasification unit by hydrochar [10] . Hydrochar can be used as soil amendment to improve soil nutrient retention capacity by increasing the nutrient supply for plants and decreasing losses due to leaching [4] . Hydrochar shows potential for added-value applications in the field of advanced materials as an adsorbent and raw material for activated carbon production [11, 12] , hydrogen storage, electrochemical energy storage with lithium-ion batteries or super-capacitors [4, 13] .
For these reasons, HTC has recently attracted considerable interest in the research field. While a substantial amount of lab-scale experimental research on HTC reactions has been published, assessments of potential technical performance of industrial-scale HTC facilities are absent from the scientific literature. Though some pilot-scale HTC plants have been constructed in recent years [14] , to date the detailed structure of such plants and their efficiency are still unknown to the vast majority of those involved in the HTC research field. Moreover, only a few authors have analyzed the energy efficiency of HTC plants by means of a modeling approach [15, 16] . Prior studies document mass and energy balances of the HTC plant, but refer to a single HTC process condition. Stemann et al. [15, 16] selected one mid-range HTC temperature (220 • C [15] and 210 • C [16] ) and one residence time (4 h), using a biomass to water ratio of 0.2 and 0.14, respectively, without accounting for the variation of energy efficiency with processing conditions. Stemann et al.'s work [15, 16] provides useful reference data, though it is not wide enough to enable HTC process optimization.
Thus, considering the emerging interest in the HTC process and the current state of the art, and to allow the technology to make a step forward from research to innovation, it is necessary to provide an in-depth analysis of the energy balance of the process. This will allow for determination of its energy sustainability. To bring the technology to market, a further step is necessary: an analysis intended to evaluate the economic feasibility of the HTC process and its profitability. These are the main objectives of the present study, which reports detailed energy and cost analyses of a proposed HTC plant layout.
Thus, first a process for an industrial-scale HTC continuous plant is designed. Then, its energy performances are evaluated considering several different HTC process conditions (reaction temperature T: 180 • C, 220 • C, 250 • C; reaction time θ: 1 h, 3 h, 8 h) and two different substrates with significantly different moisture content. Thermal and electric energy specific consumption and plant energy efficiencies are calculated for the various cases analyzed. To achieve these goals, an accurate process model was developed which estimates the mass and energy balances of all the equipment present in the path to transform raw biomass to dry pelletized hydrochar for sale. The modeling assumptions regarding HTC yields and product compositions were based on laboratory data of experimental runs performed on two types of biomass representative of organic waste: off-specification compost and grape marc.
Finally, the analysis moves to the evaluation of HTC investment and process costs. Specific costs and the hydrochar break-even value related to the HTC plant at its best performance process conditions are calculated. The HTC process, run in the proper operating conditions, is indeed of interest not only from an environmental point of view (circular economy and zero-waste approaches) but also from an economic standpoint.
Methods

Experimental Data and Their Interpolation
The process model, developed to simulate a continuous HTC plant with all the auxiliary equipment (see Section 2.2), uses HTC experimental data previously obtained by our research group [17, 18] . Experiments were performed in a stainless steel batch reactor, with an internal volume of 50 mL. Scale-up experiments performed by Hoekman et al. [19] demonstrate that HTC experimental results obtained in batch reactors are representative of those obtained when operating in continuous mode at a different reactor scale.
The types of feedstock used in the experiments were "off-specification compost" (OSC), coded by the European Waste Catalogue as EWC 19.05.03 [17] , and grape marc (GM) [18] . OSC is a bio-stabilized material that is discarded and landfilled following the composting process because of its large particle size (between 10 and 40 mm). GM is a by-product of the wine industry. GM could be seen as a secondary raw material for innovative food applications [20] . Although it is often used for the production of spirits through distillation, it is still found as lignocellulosic residue at the end of this process (exhausted GM). Our experimental measures revealed moisture content of about 30% for OSC [17] and 65% for GM [21] .
For both feedstocks, model simulations were performed at three residence (reaction) times (θ = 1, 3 and 8 h) and three reaction temperatures (T = 180, 220, 250 • C), maintaining a dry biomass to water ratio (DB/W) equal to 0.07 for OSC and 0.19 for GM: exactly the same conditions as in the experimental tests.
For modeling, the feedstock and hydrochar compositions were identified by their ultimate analysis. As a procedural hypothesis, both biomasses were considered to be only composed of carbon, hydrogen, oxygen, and ashes. Nitrogen and sulphur, present in small to negligible amounts, were considered to be part of the ashes.
In order to perform the mass balances of the HTC process, yields in solid, gas, and liquid phases were required-with yield being defined as mass of the phase produced per mass of dry feedstock. Experimental data shows that temperature affects hydrochar and gas yields more strongly than residence time. Moreover, experimental data reveals a linear dependence of yields with temperature. Thus, the yield values obtained experimentally for each combination of residence time and temperature were correlated using linear regression, as expressed by Equation (1):
where "Y" is solid (or gas) yield, and "x" is temperature ( • C). Coefficients "a" and "b", depending on residence time, are given in the Supplementary Materials (Table S1) for both solid and gaseous products and both biomasses. Correlations for OSC are depicted in Figure 1a ,b. The liquid yield, due to liquid species derived from feedstock decomposition during HTC, was calculated by difference (liquid yield = 1 − solid yield − gas yield). The gaseous products were modeled as CO 2 , CO, H 2 , and CH 4 , in line with gas-chromatographic analytical data. To quantify the amount of each species present in the gas, the regression curves between molar fractions and temperature were estimated. The procedure used was the same as that for gas and solid yields, where "Y" is, in this case, the molar fraction of each gas species. The regression curve between molar fraction of CO 2 and temperature is shown in Figure 1c for OSC, while the values of "a" and "b" for both feedstocks and all the gaseous species are given in the Supplementary Materials (Table S1 ).
The liquid produced during HTC consists of several organic and inorganic compounds initially present within the feedstock. No detailed compositional data regarding the liquid phase from HTC of OSC and GM is available in the literature. That said, phenol was chosen as the species representative of the whole organic liquid mixture, and it was utilized to compute the mass balances of the various elements. This assumption is based on the work by Xiao et al. [22] , who measured the composition of the liquid deriving from HTC of maize stalk and Tamarix ramosissima, ligno-cellulosic feedstocks such as OSC and GM. Results show that the liquid was mainly composed of phenols (lignin-derived species) with different substitution patterns. Surely, considering the liquid phase as consisting of only water and phenol is a very basic simplification; nevertheless, it is a procedural hypothesis which enables one to write the C, H, and O elemental mass balances and has no practical implications on the calculation of the process energy duties, one of the main goals of this work. The total organic content (TOC) of the liquid phase from HTC was used to compute the amount of phenol as the representative species of the organic liquids. HTC lab tests performed on OSC [17] show that TOC values increase at increasing temperature: Figure 1d . Time plays a marginal role, such that only temperature dependence was taken into account. The trendline can be expressed as Equation (1) , where "a", "b", and R 2 are equal to 0.0721, −5.6959, and 0.9157, respectively. As far as GM is concerned, TOC values did not exhibit an evident trend with process conditions: thus, a mean value equal to 14.85 g/L was considered for each combination of residence time and temperature. The amount of phenol (C6H6O) was calculated by considering the carbon balance: each mole of phenol corresponds to 1/6 moles of carbon determined by multiplying the value of TOC and the volumetric flow rate of liquid inside the reactor.
The developed model does not take into account the inorganic elements present in the liquid phase; considering the mass balances of such inorganic species was beyond the scope of the present work. The amount of water present in the liquid phase results from the water added to the feedstock before feeding it to the HTC reactor, and the water produced during HTC. The water produced during HTC was calculated as the difference between liquid yield and the amount of phenol produced per mass of dry feedstock. The production of water during biomass hydrothermal processing was previously documented in the literature [23] . Figure 2 shows the conceptual process design developed for an industrial-scale HTC plant. The biomass (stream 2) is firstly processed in a grinder (G), which reduces and homogenizes its particle size. The feedstock is then mixed with water (stream 1) to reach the expected DB/W. Downstream the mixer (M), a pump (P1) and two heat exchangers in series (H1 and H2) are present. The total organic content (TOC) of the liquid phase from HTC was used to compute the amount of phenol as the representative species of the organic liquids. HTC lab tests performed on OSC [17] show that TOC values increase at increasing temperature: Figure 1d . Time plays a marginal role, such that only temperature dependence was taken into account. The trendline can be expressed as Equation (1) , where "a", "b", and R 2 are equal to 0.0721, −5.6959, and 0.9157, respectively. As far as GM is concerned, TOC values did not exhibit an evident trend with process conditions: thus, a mean value equal to 14.85 g/L was considered for each combination of residence time and temperature. The amount of phenol (C 6 H 6 O) was calculated by considering the carbon balance: each mole of phenol corresponds to 1/6 moles of carbon determined by multiplying the value of TOC and the volumetric flow rate of liquid inside the reactor.
Conceptual Process Design
The developed model does not take into account the inorganic elements present in the liquid phase; considering the mass balances of such inorganic species was beyond the scope of the present work. The amount of water present in the liquid phase results from the water added to the feedstock before feeding it to the HTC reactor, and the water produced during HTC. The water produced during HTC was calculated as the difference between liquid yield and the amount of phenol produced per mass of dry feedstock. The production of water during biomass hydrothermal processing was previously documented in the literature [23] . Figure 2 shows the conceptual process design developed for an industrial-scale HTC plant. The biomass (stream 2) is firstly processed in a grinder (G), which reduces and homogenizes its particle size. The feedstock is then mixed with water (stream 1) to reach the expected DB/W. Downstream the mixer (M), a pump (P1) and two heat exchangers in series (H1 and H2) are present. The pump raises pressure to feed the slurry to the HTC continuous reactor. The heat exchangers preheat the biomass slurry. Next, the mixture (stream 6) enters the top of the reactor (R), while the HTC slurry, containing hydrochar and aqueous products, is removed from the bottom (stream 8). Gases formed during the reactions escape from the upper part of the reactor, passing through a valve (VALVE2) that, together with VALVE3, regulates pressure inside the reactor. The methane burner (B1) raises the temperature of the preheated biomass slurry up to HTC temperature (180-250 °C). The HTC slurry is then depressurized in two stages in flash tanks T1 and T2. The slurry exiting T2 is conveyed to a decanter (DEC), where liquid-solid separation is performed. The solid, i.e., hydrochar (stream HC-WET), is then transferred to an air-dryer (D), fed by an air blower (B), and heated by methane burner B2. After drying, the hydrochar produced is transferred to a pelletizer. Vapors produced by the expansion of the liquid slurry (streams VAP1 and VAP2) are used to preheat the biomass slurry in H1 and H2 and the air (stream AIR-IN) to the drier in heat exchanger H3. The condensed vapor (stream V3), together with the liquid exiting the decanter (stream 11), is pumped (P2) in order to be recycled to the process. Filter F separates organic liquids (phenol in the current simplification) from process water, which is recirculated to mixer M. The presence of filter F is not mandatory: the liquid from the decanter (DEC) could be recycled to the process-totally or partially-which could be beneficial in terms of increasing hydrochar yields [15, 16] . Vice versa, if the HTC process aqueous phase is recovered for other applications, for instance as a liquid fertilizer, the use of the filter becomes an obvious choice. In this case, the separation of phenol-like compounds from the liquid is required because phenols are toxic species for plants. Considering the above, to be conservative, we considered the presence of the filter F (activated carbon filter) in the HTC process scheme, and its pressure drop was estimated to be 1.5 bar.
Process Model and Simulations
This section presents the modeling assumptions related to the process. The Appendix A reports details concerning the various pieces of equipment involved in the process ( Figure 2 ) and the relevant key formulas. Based on such process assumptions and equipment formulas, it was possible The pump raises pressure to feed the slurry to the HTC continuous reactor. The heat exchangers preheat the biomass slurry. Next, the mixture (stream 6) enters the top of the reactor (R), while the HTC slurry, containing hydrochar and aqueous products, is removed from the bottom (stream 8). Gases formed during the reactions escape from the upper part of the reactor, passing through a valve (VALVE2) that, together with VALVE3, regulates pressure inside the reactor. The methane burner (B1) raises the temperature of the preheated biomass slurry up to HTC temperature (180-250 • C). The HTC slurry is then depressurized in two stages in flash tanks T1 and T2. The slurry exiting T2 is conveyed to a decanter (DEC), where liquid-solid separation is performed. The solid, i.e., hydrochar (stream HC-WET), is then transferred to an air-dryer (D), fed by an air blower (B), and heated by methane burner B2. After drying, the hydrochar produced is transferred to a pelletizer. Vapors produced by the expansion of the liquid slurry (streams VAP1 and VAP2) are used to preheat the biomass slurry in H1 and H2 and the air (stream AIR-IN) to the drier in heat exchanger H3. The condensed vapor (stream V3), together with the liquid exiting the decanter (stream 11), is pumped (P2) in order to be recycled to the process. Filter F separates organic liquids (phenol in the current simplification) from process water, which is recirculated to mixer M. The presence of filter F is not mandatory: the liquid from the decanter (DEC) could be recycled to the process-totally or partially-which could be beneficial in terms of increasing hydrochar yields [15, 16] . Vice versa, if the HTC process aqueous phase is recovered for other applications, for instance as a liquid fertilizer, the use of the filter becomes an obvious choice. In this case, the separation of phenol-like compounds from the liquid is required because phenols are toxic species for plants. Considering the above, to be conservative, we considered the presence of the filter F (activated carbon filter) in the HTC process scheme, and its pressure drop was estimated to be 1.5 bar.
This section presents the modeling assumptions related to the process. The Appendix A reports details concerning the various pieces of equipment involved in the process (Figure 2 ) and the relevant key formulas. Based on such process assumptions and equipment formulas, it was possible to perform the calculations regarding mass balances, thermal duty, and power demand for the various pieces of equipment in the process.
The process model was self-developed using the programming language C#. The software code presents a friendly, easy-to-operate user-interface: some examples of the user-interface are given in the Supplementary Materials ( Figure S1 ).
The plant was designed to have an operating time of 8000 h/y and a treatment capacity of 20,000 ton/y (2500 kg/h) of biomass as such or "as received". Each piece of equipment was assumed to be stationary and adiabatic. Heat losses were simplified as to be occurring in two heat exchangers (R1 and R2) specially inserted in the scheme: Figure 2 . Furthermore, no material losses were considered to take place during processing. Pressure drops were considered concentrated in the equipment. Table 1 summarizes the values of flows entering the plant. 
Efficiency Parameters: Thermal Efficiency and Plant Efficiency
A good estimation of the plant thermal efficiency is provided by the ratio between the thermal energy contained in the hydrochar produced and the thermal energy used to produce it given by the following equation:
Thermal e f f iciency = Energy HC,HHV Energy th
More precisely, thermal efficiency was computed as the ratio between the HHV of the produced dried hydrochar (i.e., hydrochar exiting the dryer with a residual 8% moisture content, see Appendix A)-expressed in kWh/kg hydrochar -and the overall thermal energy required by the plant-expressed in kWh/kg hydrochar . Hydrochar HHV was computed by referring to linear correlations between hydrochar yield and HHV extrapolated from the experimental data previously obtained by our research group [17, 18] . Such HHV data refers to dry hydrochar, and was duly modified to take into account its residual 8% moisture content. The plant's overall efficiency based on HHV was estimated through Equation (3), as proposed by Stemann and Ziegler [16] :
Plant e f f iciency = Energy HC,HHV Energy biomass,HHV + Energy e + Energy th
Differently form Equations (2), Equation (3) contains in the denominator the energy content of the raw moist feedstock (expressed in terms of its HHV) and the electric energy consumed by the plant. Notably, the two biomasses present very different HHVs owing to their significantly different moisture content (HHV = 11.74 MJ/kg for OSC with 30% moisture content; HHV = 6.78 MJ/kg for GM with 65% moisture content). The plant efficiency was assessed both not considering (to be conservative) and considering the heat of the slightly exothermic HTC reaction, as detailed in Appendix A.5 Reactor in the Appendix A.
Results and Discussion
This section presents the results of the process model simulations. Particular attention is given to electric and thermal energy consumption.
Electric Energy Consumption
In the proposed layout, the following equipment requires electric energy: the grinder, the mixer, pumps P1 and P2, the decanter, the air blower and, finally, the pelletizer. As reported in Table 2 , the greatest consumption is recorded for the pelletizer and the piston pump. 1 The value is increased by 10% in order to account for an overall plant electric efficiency equal to 90%.
The pelletizer requires up to 38.3% (both for OSC and GM) of total electricity demand. The pelletizer consumption depends on the hydrochar flow rate it has to treat, which varies with HTC residence time and temperature. Interestingly, in case of OSC, at 220 • C and 250 • C the electricity demand of the pelletizer reaches its maximum for a residence time of 3 h. As shown in Figure 1 , at 220 • C and 250 • C a residence time of 3 h assures the highest hydrochar yields. This is not the case for GM, where the hydrochar yield [18] and consequently the pelletizer consumption are maximized for a residence time of 1 h. Electricity demand for the piston pump is in the range 19.6%-45.8% (OSC) and 8.8%-20.3% (GM) of total electricity demand. Percentages increase with HTC reaction temperature: the higher this temperature, the higher is reactor pressure and thus the power needed by pump P1. The grinding power demand, equal to 25.60 kW and 23.91 kW for OSC and GM, respectively, does not depend on process conditions. The grinder's power demand is in the range 11.5%-14.0% (OSC) and 24.2%-25.9% (GM) of total power demand.
The air blower requires 7.1%-14.7% (OSC) and 11.0%-14.8% (GM) of total power demand. The blower power demand is maximum at the lowest HTC temperature and reaction time (i.e., 180 • C and 1 h) and minimum at the highest HTC temperature and reaction time (i.e., 250 • C and 8 h). This follows from the dependence of hydrochar yield on HTC process conditions.
With regards to the other contributions, the mixer and pump P2 power consumption is relatively low with respect to that of other components, and the decanter power demand varies marginally, decreasing with temperature. This is due to the dependence of the decanter power on the mass flow rate processed in the equipment. At higher HTC temperatures, higher vapor fluxes exit flash tanks T1 and T2 and, consequently, a lower amount of liquid slurry requires liquid-solid separation. Table 2 (except for air blower and pelletizer) is influenced to a negligible extent or not at all by the residence time in the reactor.
Data reported in
Thermal Energy Consumption
In the modeled HTC plant, thermal power is required both to heat biomass slurry up to HTC reaction temperature and to dry hydrochar. Table 3 reports the consumption patterns of burners B1 and B2. When OSC is considered, most of the thermal energy is used by B1, which requires between 81.1% and 91.7% of the total thermal energy demand. As for GM, the consumption patterns of B1 and B2 are much more similar. In general, as it should be expected, the lower the HTC temperature, the lower is the thermal energy required by B1. When using GM, B1 thermal power is slightly lower at 220 • C than at 180 • C: this is due to a counter-balancing effect of a much lower thermal flux available to pre-heat the biomass slurry in H2 when operating the reactor at 180 • C. Conversely, the lower the HTC temperature, the higher are the thermal energy requirements of B2. At lower HTC temperature, the amount of hydrochar produced is higher and, consequently, a greater amount of water has to be evaporated in the dryer, hence increasing B2 energy demand. Moreover, lower HTC temperature leads to lower evaporation of liquid in flash tanks T1 and T2, and a lower flow rate is available to preheat the air entering heat exchanger H3, which further increases B2 requirements.
Specific Energy Consumption
The values of the specific thermal energy consumption (kWh/kg hydrochar ) are depicted in Figure 3a The specific electric energy consumption is low and does not exceed 0.30 kWh/kghydrochar for both types of biomass: Figure 3c,d. Figure 4 shows the thermal efficiency values, which are of interest when considering the use of hydrochar as fuel. Values are lower when using OSC with respect to GM: this is mainly due to the different DB/W ratio used for the two feedstocks (DB/W = 0.07 for OSC and DB/W = 0.19 for GM). A much greater amount of water per unit mass of dry feedstock is processed in the case of OSC in respect to GM. For OSC, thermal efficiency is only above one for all the residence times considered when the HTC temperature equals 180 °C. At higher temperatures, the energy content of OSC-derived hydrochar cannot provide sufficient thermal energy to compensate for the thermal requirements of the HTC process. Conversely, thermal efficiency for GM ranges between 4.67 and 5.64: the relatively high DB/W chosen (=0.19) allows for significantly improved HTC thermal performance, since a limited amount of water has to be processed per mass unit of feedstock. As mentioned in Section 2.3, plant thermal energy losses are simplified as being concentrated in heat exchangers R1 and R2. As an indicative value for all the process conditions and valid for both biomasses, thermal losses in R1 and R2 account for about 40% of the total heat demand reported in Table 3 . Figure 4 shows the thermal efficiency values, which are of interest when considering the use of hydrochar as fuel. Values are lower when using OSC with respect to GM: this is mainly due to the different DB/W ratio used for the two feedstocks (DB/W = 0.07 for OSC and DB/W = 0.19 for GM). A much greater amount of water per unit mass of dry feedstock is processed in the case of OSC in respect to GM. For OSC, thermal efficiency is only above one for all the residence times considered when the HTC temperature equals 180 • C. At higher temperatures, the energy content of OSC-derived hydrochar cannot provide sufficient thermal energy to compensate for the thermal requirements of the HTC process. Conversely, thermal efficiency for GM ranges between 4.67 and 5.64: the relatively high DB/W chosen (=0.19) allows for significantly improved HTC thermal performance, since a limited amount of water has to be processed per mass unit of feedstock. As mentioned in Section 2.3, plant thermal energy losses are simplified as being concentrated in heat exchangers R1 and R2. As an indicative value for all the process conditions and valid for both biomasses, thermal losses in R1 and R2 account for about 40% of the total heat demand reported in Table 3 . The specific electric energy consumption is low and does not exceed 0.30 kWh/kghydrochar for both types of biomass: Figure 3c ,d. Figure 4 shows the thermal efficiency values, which are of interest when considering the use of hydrochar as fuel. Values are lower when using OSC with respect to GM: this is mainly due to the different DB/W ratio used for the two feedstocks (DB/W = 0.07 for OSC and DB/W = 0.19 for GM). A much greater amount of water per unit mass of dry feedstock is processed in the case of OSC in respect to GM. For OSC, thermal efficiency is only above one for all the residence times considered when the HTC temperature equals 180 °C. At higher temperatures, the energy content of OSC-derived hydrochar cannot provide sufficient thermal energy to compensate for the thermal requirements of the HTC process. Conversely, thermal efficiency for GM ranges between 4.67 and 5.64: the relatively high DB/W chosen (=0.19) allows for significantly improved HTC thermal performance, since a limited amount of water has to be processed per mass unit of feedstock. As mentioned in Section 2.3, plant thermal energy losses are simplified as being concentrated in heat exchangers R1 and R2. As an indicative value for all the process conditions and valid for both biomasses, thermal losses in R1 and R2 account for about 40% of the total heat demand reported in Table 3 . Figure 5 shows the overall plant efficiency for both feedstocks. Results show a decreasing trend with temperature, even though in the case of GM the plant efficiency is practically equivalent for 180 and 220 • C. When using GM, plant efficiency values are notably higher than for OSC. Such differences are due to two factors. Firstly, the two raw substrates show significantly different moisture contents, which translates into significantly different HHVs. Secondly, the much lower DB/W in case of OSC hinders the process performance, as already pointed out when discussing thermal efficiency.
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Energies 2017, 10, 211 10 of 18 Figure 5 shows the overall plant efficiency for both feedstocks. Results show a decreasing trend with temperature, even though in the case of GM the plant efficiency is practically equivalent for 180 and 220 °C. When using GM, plant efficiency values are notably higher than for OSC. Such differences are due to two factors. Firstly, the two raw substrates show significantly different moisture contents, which translates into significantly different HHVs. Secondly, the much lower DB/W in case of OSC hinders the process performance, as already pointed out when discussing thermal efficiency. When accounting for HTC reaction heat (see Appendix A, Appendix A.5 Reactor), plant efficiency increases by about 1%-2%. Considering the great impact of DB/W on efficiency, the process model was run varying this parameter in the range 0.07-0.19 for both substrates. As a simplifying assumption, solid, liquid and gas yields were supposed not to depend on DB/W. The parameter that should be most affected by DB/W is the TOC of the HTC liquid. The higher the DB/W, the higher the TOC should be, i.e., the higher the phenol and organic acids concentration in the aqueous stream. For simplicity, such dependence was ignored here, the focus being on energy efficiency, which is influenced by liquid composition to a very negligible extent. The results of such analysis are depicted in Figure 6 . When accounting for HTC reaction heat (see Appendix A, Appendix A.5 Reactor), plant efficiency increases by about 1%-2%. Considering the great impact of DB/W on efficiency, the process model was run varying this parameter in the range 0.07-0.19 for both substrates. As a simplifying assumption, solid, liquid and gas yields were supposed not to depend on DB/W. The parameter that should be most affected by DB/W is the TOC of the HTC liquid. The higher the DB/W, the higher the TOC should be, i.e., the higher the phenol and organic acids concentration in the aqueous stream. For simplicity, such dependence was ignored here, the focus being on energy efficiency, which is influenced by liquid composition to a very negligible extent. The results of such analysis are depicted in Figure 6 .
Energies 2017, 10, 211 10 of 18 Figure 5 shows the overall plant efficiency for both feedstocks. Results show a decreasing trend with temperature, even though in the case of GM the plant efficiency is practically equivalent for 180 and 220 °C. When using GM, plant efficiency values are notably higher than for OSC. Such differences are due to two factors. Firstly, the two raw substrates show significantly different moisture contents, which translates into significantly different HHVs. Secondly, the much lower DB/W in case of OSC hinders the process performance, as already pointed out when discussing thermal efficiency. When accounting for HTC reaction heat (see Appendix A, Appendix A.5 Reactor), plant efficiency increases by about 1%-2%. Considering the great impact of DB/W on efficiency, the process model was run varying this parameter in the range 0.07-0.19 for both substrates. As a simplifying assumption, solid, liquid and gas yields were supposed not to depend on DB/W. The parameter that should be most affected by DB/W is the TOC of the HTC liquid. The higher the DB/W, the higher the TOC should be, i.e., the higher the phenol and organic acids concentration in the aqueous stream. For simplicity, such dependence was ignored here, the focus being on energy efficiency, which is influenced by liquid composition to a very negligible extent. The results of such analysis are depicted in Figure 6 . As expected, an increase in DB/W leads to higher plant efficiency in the case of OSC. In absolute terms, efficiency increases by 6.6%-8.5% when DB/W goes from 0.07 (experimental value) to 0.19 for all process conditions. As for GM, efficiency decreases by 11.2%-13.8% in absolute terms when DB/W goes from 0.19 (experimental value) to 0.07. In any case, in the whole range of DB/W investigated, plant efficiency is higher for HTC of GM with respect to HTC of OSC.
Economic Feasibility
For the purposes of economic evaluation, a HTC plant treating GM was considered. The plant operating conditions are those assuring the best results in terms of plant efficiency (T = 220 • C; θ = 1 h; DB/W = 0.19). At these operating conditions, the HTC reactor volume equals 8 m 3 (height = 3 m; diameter = 1.84 m) taking into account the plant throughput (Table 1) , the density of the slurry mixture which is equal to 920 kg/m 3 (see Appendix A, Appendix A.2 Agitator), and the degree of filling of the reactor which was fixed at 75%. The reactor design pressure was fixed at 50 bar taking into account the vapor pressure of water at 220 • C (about 23 bar), a conservative overpressure of 10 bar due gas formation, and a safety factor of 1.5. All the equipment considered (including the reactor) are made of stainless steel. The plant configuration accounts for liquid recirculation from the decanter to the mixer (Figure 2 ). Table 4 reports the bare-module equipment costs, which include costs for the purchase of each process unit, their installation, transportation to the plant site and associated insurance expenses and taxes. All these costs were estimated according to the procedure indicated by Seider [24] . The price in dollars (year 2000) was converted in euros (1 US dollar = 0.87 euro) and actualized at year 2015 according to CEPCI 2015 [25] . In addition to equipment costs, capital costs are incurred for site preparation and for allocated costs to purchase the utility plants, as well as to cover contingencies and the contractor's fee. The costs of land, start-up and working capital were added to the previous costs. In this way, the total capital investment cost (CTCI) was estimated: Table 5 . In the case study, a considerable amount of waste water (1157 kg/h or equivalently 9263 t/y) results from the HTC process and the cost for its treatment has to be considered. The excess water produced is disposed of in a waste water treatment plant. The related cost was included in the operating costs in Section 3.6.2. The estimation of capital costs also factored in an activated carbon filter for organic acids and pollutants (phenol) removal from the recirculating aqueous stream. 
Investment Costs
Total Production Costs
With regards to operating costs, the cost of utilities for providing thermal energy and electric power were considered. The cost of methane was fixed at 0.3537 €/m 3 , while a mean cost value of 0.1066 €/kWh was assumed for electricity (both prices take into account the size of utility consumption and are referred to a factory located in Italy [26, 27] ). The number of plant operators was estimated to be equal to four, one operator per shift, as suggested by Seider [24] for a continuous plant with similar capacity treating fluid mixtures. For maintenance and spares, an annual cost equivalent to 8% of total depreciable capital C TDC was considered, i.e., 121,003 €. Finally, total annual production costs include property taxes and insurance (1% C TDC ) and general expenses for product sales, research, administrative and management incentive compensation. The cost of water treatment was assumed to be equal to 13.7 €/ton, according to local legislation in Trentino (Italy) [28] . Overall operating costs are summarized in Table 6 . The total production cost amounts up to 157 € per ton of hydrochar produced. Considering an average loan interest rate of 5% per year in the European Union [29] and assuming a repayment time of 10 years for the plant, an annual cost of 229,717 € is obtained for the repayment of the total capital investment (French amortization method). In order to assess the economic feasibility of the HTC plant, the minimum selling price of the product to make the plant economically viable was determined. Considering an annual production of 5317 tons of hydrochar (resulting from the simulation results at T = 220 • C and θ = 1 h) and the total annual cost (including total production costs and income taxes of 37%), the break-even value of hydrochar is equal to 200 €/ton. From an energy point of view, this value corresponds to 8.3 €/GJ HHV (HHV hydrochar = 25.64 GJ/ton at T = 220 • C; θ = 1 h; DB/W = 0.19). This value is slightly lower than that obtained by Stemann et al. [15] , who reported a value of €9.67/GJ HHV for a HTC plant treating 40,000 tons/y of empty fruit bunches at similar process conditions (T = 220 • C; θ = 4 h; DB/W = 0.2). Considering the price of wood pellets, usually in the range 150-200 €/ton and depending on the country considered [30], the break-even value of hydrochar pellets (200 €/ton) makes hydrochar competitive with wood pellets. Interestingly, the value calculated here for hydrochar is comparable with the market price of hydrochar by Ingelia S.L., which is, to the best of our knowledge, the only company currently selling hydrochar (at a price of 150-200 €/ton [31] ). Hydrochar's competitive price and its better properties in terms of HHV and chemical composition compared to wood pellets encourage its usage as a fuel in biomass plants and district heating power stations. Conversely, it is evident that hydrochar cannot compete with coal, that is priced at 43 €/ton in 2016 [32] . However, the costs associated with CO 2 emissions into the atmosphere, largely avoided when producing and using hydrochar, could favor the development of HTC plants and consequently of the hydrochar market, to complement or possibly replace coal.
Conclusions
A complete HTC process for converting moist biomass into pelletized dry hydrochar was designed and modeled. The process was simulated at various process conditions (T = 180, 220, 250 • C; θ = 1, 3, 8 h; DB/W in the range 0.07-0.19). The HTC plant was designed as capable to treat 20,000 ton/y of organic waste: grape marc with 65% moisture content, and off-specification compost with 30% moisture content.
Plant efficiency was found to be highly dependent on initial feedstock moisture content and DB/W: an increase in DB/W from 0.07 to 0.19 largely reduced energy consumption. In the most favorable conditions, i.e., when processing grape marc at DB/W = 0.19, T = 220 • C and θ = 1 h:
a plant efficiency of 78% was achieved; 2. specific thermal energy consumption was equal to 1.17 kWh/kg hydrochar (0.31 kWh/kg feedstock );
3. specific electric energy consumption was equal to 0.16 kWh/kg hydrochar (0.04 kWh/kg feedstock );
4. the production cost of pelletized hydrochar was equal to 157 €/ton hydrochar ;
5. the hydrochar break-even value for a plant repayment period of 10 years was equal to 200 €/ton hydrochar , competitive with the price of wood pellets (150-200 €/ton wood ).
The values calculated above are reference data to evaluate the techno-economic feasibility of HTC plants. Overall, the competitive price of pelletized hydrochar compared with pelletized wood seems promising and could encourage a large industrial-scale development of the HTC technology in the future.
Supplementary Materials: The following are available online at www.mdpi.com/1996-1073/10/2/211/s1, Table S1 : Regression coefficients (a, b) and R-squared value (R 2 ) of linear correlations-Equation (1) in the text-between temperature and solid yield, gas yield, molar percentage of gaseous products at different residence times (1, 3, 8 h ) for OSC and GM, Figure S1 : User-interfaces of the software code developed in C#.
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Appendix A
This appendix provides details on the equipment involved in HTC processing (Figure 2) , together with the main representative equations used to calculate energy consumption.
Appendix A.1. Grinder
Particle size reduction of the feedstock allows for a larger surface area, increasing the reactivity of solids during further processing and simplifying the handling of materials. Among the different types of grinders, the hammer mill seems the most suitable for use with relatively soft fibrous-like materials such as OSC and GM. The specific power demand for milling depends on the feedstock, as well as the required particle sizes and the type of mill. Here, milling is simply characterized by its power demand based on data from literature. A realistic way of estimating power requirements for grinding was proposed by Bond [33] . If most of the feed-whose flow rate is . m WB (ton/h)-passes through a mesh size of D p,i (mm) and the product passes through a mesh size of D p,e (mm), gross power W G (kW), which includes friction in the grinder, is given by Equation (A1):
In the grinder, the size of incoming biomass is reduced from a mean particle size of 40 mm (OSC) and 20 mm (GM) to a mean particle size of 0.8 mm. W i (kWh/ton of feed) stands for Work Index. Owing to the lack of data regarding W i for ligno-cellulosic materials such as OSC and GM, W i was set equal to 13 kWh/ton (the value for coal) for both substrates [33] . A mechanical efficiency of 0.40 was assumed, since a value in the range 0.25-0.60 is typical for such machines [33] .
Appendix A.2. Agitator
To create a mixture than can easily be pumped, the feedstock exiting the hammer mill is mixed with water in the agitator. An anchor agitator was selected, suitable for slurries and relatively high viscous liquids. The power to drive the impeller (namely the shaft power) W M (kW) was calculated as:
The revolution speed N M was fixed at 70 rev/min, a typical value for anchor impellers, while N P , analogous to a friction factor, was correlated with Reynolds number (Re) through Equation (A3) extrapolated by experimental data of Furukawa et al. [34] . [34] . The slurry density ρ S was determined using the mixture rule and considering a dry biomass density equal to 500 kg/m 3 for both OSC and GM. The apparent viscosity of the slurry was considered equal to 1 Pa·s. The motor's power is higher than the power required for the impeller to compensate losses in gearbox, seals and bearings. A motor efficiency of 0.80 was assumed to calculate the power consumed.
Appendix A.3. Pumps
A piston pump was considered the most suitable for pumping the slurry to the reactor: piston pumps are also suitable for viscous fluids and streams involving particles, and can be used in a wide range of pressure conditions, up to 300 bar [35] .
The pump has to ensure pressure to the reactor (P R ) and compensate pressure drops in heat exchangers H1 and H2 (∆P H1 and ∆P H2 , conservatively assumed to be equal to 3 bar each). P R results from the water vapor pressure (P sat ) at reactor temperature, and the partial pressure of gaseous species produced within the reactor (P g ). P sat was calculated through Antoine's equation [36] , while P g was fixed at 10 bar − value considered constant in the reaction temperature range 180-250 • C. From a practical point of view, this means fixing the pressure set-point of control valve VALVE2 (and also VALVE3) to a value equal to P sat +P g . Summing up, the discharge pressure (P P ) of the piston pump follows from Equation (A4): P P = P sat + P g + ∆P H1 + ∆P H2 (A4)
The pump motor power demand was calculated as the product of the slurry volumetric flow rate (m 3 /s) and pressure increment P P (bar), taking into account an overall pump efficiency of 0.50 [37] . The other pump of the plant, P2, is needed to provide liquid recirculation. A centrifugal type pump was selected in this case, since the rise in pressure required is modest (assumed equal to 2 bar), and the stream to be pumped does not contain solids. Power consumption was calculated in the same way as for the piston pump, fixing the centrifugal pump efficiency at a value of 0.40 [38] . applying Antoine's equation [36] . The thermal balance performed on the flash tanks enabled to calculate the flow rate of the various streams exiting T1 and T2.
Appendix A.8. Decanter
The aqueous stream and the hydrochar exiting flash tank T2 are conveyed to a centrifugal decanter (DEC) which separates liquid and solid fractions. It was assumed that the whole hydrochar exits the decanter as stream HC-WET, i.e., the solid separation efficiency is 100%. The hydrochar exits DEC with a residual moisture content of 50%, i.e., stream HC-WET consists of 50 wt. % (dry) hydrochar and 50 wt. % aqueous solution. Such moisture content is typical of mechanical dewatering systems applied to hydrochar. The remaining liquid exits the decanter as stream 11. The total power demand of the equipment (W D ) was calculated as the sum of three single power demands [45] , as reported in Equation (A5):
where W S and W L are the power to convey hydrochar and liquid, respectively, in the decanter, while W NL is the no-load power which accounts for the friction losses in bearings, gearbox, and due to air friction on the decanter bowl. W S and W L were calculated as the product of the mass flow rate of solid and liquid and the power square of circumferential speed of solid and liquid at discharge ports. The circumferential speeds of liquid and solid were calculated multiplying the rotational speed of the bowl (s −1 ) by the discharge diameter (m) of solid and liquid, considered equal to 0.5 and 0.6 times the bowl diameter, respectively. The bowl speed depends on the bowl diameter. A diameter of 250 mm corresponds to 5000 rpm [45] , and the rotational speed was therefore equal to 523 s −1 . The no-load power was set equal to 0.5 times the sum of W S and W L , and the decanter motor efficiency was considered equal to 0.85.
Appendix A.9. Dryer and Air Blower
The hydrochar exiting the decanter is dried to reduce its liquid content from 50% to 8%, a value considered acceptable for hydrochar storage and usage as fuel. An adiabatic dryer in which the solids are exposed directly to hot air was selected.
The temperature of the air streams involved in drying was determined by using psychrometric charts, fixing an inlet (stream AIR-IN) and exit (stream AIR-EXH) air relative humidity of 70% and 80%, respectively, and an inlet and exit air temperature equal to 10 and 38 • C, respectively. Thus, the air enters at 10 • C, is pre-heated by heat exchanger H3, then burner B2 increases its temperature up to 200 • C, and finally, after the drying process, air is released at 38 • C.
The process model determines the air flow rate (as first attempt value) following psychrometric considerations. Then, the model checks if such value satisfies the thermal balance (i.e., if the heat released by air cooling from 200 to 38 • C is sufficient to heat the hydrochar and vaporize its moisture content). If the thermal balance is not respected, the model recalculates the air flow rate to achieve thermal balance.
A blower supplies the dryer with fresh air. The power of the blower W B (kW) was calculated with Equation (A6) [37] :
where .
m is the air flow rate (m 3 /s) entering the blower, ∆P B is the increment in pressure (bar) provided by the equipment (fixed equal to 0.05 bar), and η B is its efficiency-assumed equal to 0.80 [37] .
Appendix A.10. Pelletizer
The specific consumption of pelletizer was estimated equal to 51 kWh/ton hydrochar (same value as for wood), according to Obernberger and Thek [46] .
